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Abstract

This paper presents an experimental technique and experimental results of heat transfer measurements in microtubes
of 250 and 500 lm diameter. The data obtained with single-phase argon show no physical difference of heat transfer
mechanisms between micro- and macrotubes. The enhancement of heat transfer compared to conventional correlations
is explained with the increased influence of roughness, and modeled with a new relative roughness parameter. In two-
phase flow, nucleate boiling heat transfer coefficients are lower than in macrotubes. An extension of the diameter depen-
dence in the VDI Wärmeatlas correlation is proposed, and the conditions for stable flow-boiling are discussed.
� 2005 Elsevier Ltd. All rights reserved.
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1. Introduction

Conventional correlations for modeling heat transfer
in single- and two-phase flow are usually valid for tube
diameters down to about 3–5mm. Following a general
trend for a more compact heat exchanger design and
especially motivated by the requirements in electronics
cooling, microchannel heat exchangers with hydraulic
diameters of less than 1mm have become a subject of
intensive studies. So far, however, there is no generally
accepted heat transfer model for this range, and recent
publications are partially contradictory.

For example, both Qu et al. [1] and Rahman [2]
investigated heat transfer during single-phase laminar
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flow in silicon microchannels. While Rahman measured
higher Nusselt numbers than conventional correlations
predict, Qu and his colleagues found generally lower
Nusselt numbers. Both authors, however, conclude that
the surface roughness was responsible for the deviations
from conventional models, which are made for hydrau-
lically smooth tubes.

In the case of single-phase turbulent flow, various
authors reported that the heat transfer in microtubes is
superior to the predictions made with conventional cor-
relations. Adams et al. [3,4] compared their experimental
data with results from Yu et al. [5]. They correlated
increasing deviations towards smaller tube diameters
and proposed an enhancement factor for the Gnielinski
equation [6]. The effect of roughness, however, was not
studied in detail.

In two-phase flow, a comprehensive review of recent
literature on flow-boiling in small channels is given by
Kandlikar [7–9]. He concludes that, as a first order
ed.
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Nomenclature

A surface area
d diameter
g acceleration due to gravity
k overall heat transfer coefficient
L length
L Laplace constant
_m mass flow
_M mass flux
Nu Nusselt number
p pressure
P perimeter
Pr Prandtl number
_q heat flux
_Q heat flow
rd relative roughness parameter
R thermal resistance
Ra arithmetic mean roughness
Re Reynolds number
T temperature
x fluid quality

Greek symbols

a heat transfer coefficient
� relative roughness

g dynamic viscosity
k thermal conductivity
q density
r surface tension

Subscripts

0 reference value
1 far-field value
c at the critical point, cross-sectional, convec-

tion
crit critical value
eff effective
fl fluid
in inlet
l liquid phase
lam at laminar flow
m mean value
nb nucleate boiling
onb onset of nucleate boiling
s saturation
out outlet
turb at turbulent flow
v vapor phase
w at the wetted surface

1 128-channel CMOS chip for the CMS experiment.
2 Application-specific integrated circuit.
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estimate, microchannel heat transfer may be predicted
with flow-boiling correlations developed for large dia-
meter tubes. Petterson [10] came to the same conclusion
after broad studies on flow-boiling of CO2 in parallel
microchannel tubes of 0.8 mm inner diameter. He used
several heat transfer models to fit his experimental data,
and found the best agreement with the pool boiling cor-
relation of the VDI Wärmeatlas edited by Gorenflo [11].

Peng et al. [12], on the other hand, claimed that flow-
boiling in microchannels can be quite different from heat
transfer in macrotubes. They indicated that regular
nucleate boiling does not exist, and introduced new con-
cepts of ‘‘fictitious boiling’’, ‘‘critical bubble size’’ and
‘‘evaporating space’’. These hypotheses, however, were
disproved by various experimental results, such as the
data published by Zhang [13]. Other authors, for exam-
ple Zhao [14], concluded that the two-phase heat trans-
fer coefficient in microtubes is substantially higher than
in macrotubes. Large flow instabilities in parallel micro-
channels were observed by a number of authors. Peles
et al. [15] even stated that two-phase flow in microchan-
nels is inherently instable.

Most published studies on two-phase cooling in
microtubes were conducted on application-oriented
samples with parallel flow channels of various shapes
(see [15–18]), or on single enhanced-surface channels
documented by Zhang et al. [13]. However, there are
few quantitative data that allow the modeling of two-
phase heat transfer in tubes or channels below 500 lm
diameter, which is the interesting size for package-inte-
grated electronics cooling.

The experiments presented in this paper were there-
fore carried out with circular microtubes of 250 and
500 lm diameter, and with a single flow path to avoid
negative impacts due to flow instabilities and maldistri-
bution. The heat transfer studies were part of a Ph.D.
project [19] on cooling of low-temperature tracking
detectors, carried out within the RD39 Collaboration
at CERN [20–22].

Fig. 1 shows a prototype silicon detector module
developed by RD39, which has a 5 · 6 cm microstrip
sensor that is operated at around 130 K. The 1.8 W heat
load dissipated by 6 APV251 readout ASICs2 is ab-
sorbed in a 500 lm microtube heat exchanger, using
two-phase flow of argon. The integration of the heat ex-
changer close to the heat sources minimizes the amount
of conductive material needed for heat spreading, and
the overall impact (‘‘visibility’’) of the cooling system
in the module.



Fig. 1. Prototype of a cryogenic silicon detector module [25].
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2. Experimental set-up and method

2.1. Experimental set-up

The experimental set-up used for heat transfer mea-
surements in microtubes at cryogenic temperatures is
shown schematically in Fig. 2. The working fluid was
circulated in a closed circuit, which consisted of a warm
and a cold part. The warm part comprised a compressor
unit, a filtering system, a flowmeter, and some gas
handling components. The cold part of the circuit was
installed in a vacuum chamber operated under 10�6
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Fig. 2. Experimental set-up for heat transfer measure
mbar insulating vacuum. It was connected to the warm
part through an internal heat exchanger, and consisted
of a thermal interface, an electrical pre-heater, and a test
section. The thermal interface was attached to the cold
finger of a cryocooler, which was the heat sink that pro-
vided the cooling power. All cold circuit components
were surrounded by a thermal radiation shield that
was heat sinked to the cryocooler.

The thermal interface consisted of a condenser and a
reservoir in the upper volume, and a sub-cooler heat ex-
changer in the lower volume. The reservoir was operated
under saturation (liquid/vapor phase equilibrium). The
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ments in microtubes at cryogenic temperatures.



4076 S. Grohmann / International Journal of Heat and Mass Transfer 48 (2005) 4073–4089
saturation temperature/pressure was stabilized by a tem-
perature controller, using an electrical heater and a tem-
perature sensor both installed on top of the thermal
interface. The pre-heater and the test section were
assembled on the same tube, with a tube length before
the test section much larger than the hydrodynamic
entry length. The (single-phase) fluid temperature or
(two-phase) fluid quality at the test section inlet were
controlled by the pre-heater power.

The fluid flow rate was controlled by both the by-
pass and the metering valve, and measured with a ther-
mal flowmeter at ambient temperature. Temperatures in
the cold part were measured with PT-100 sensors and a
cryogenic temperature monitor. Both the sensors and
the electrical heaters were equipped for 4-lead differen-
tial measurement, and the leads were heat-sinked to
the cryocooler. The strain gauge pressure transducers
operated at room-temperature were connected with the
cold circuit through capillary tubes. High-impedance fil-
ter frits were implemented to damp possible thermo-
acoustic oscillations.

2.2. Measuring concept

The test section shown in Fig. 3 consisted of three
high-conductivity copper blocks, which were soft-sol-
dered onto the microtube. The middle block formed
the compound heat exchanger together with the solder
tin layer and the tube. It was heated by an electrical hea-
ter. The heater and the temperature sensor Tb were con-
nected on opposite sides of the copper body. Two
adiabatic copper blocks for temperature measurement
were located up- and downstream of the heat exchanger
at a distance larger than the thermal fin length in the
tube. Since there was no heat load to these two blocks,
the measured temperatures Tin and Tout were identical
with the fluid bulk temperatures at these points. The tem-
perature sensors Tin, Tb and Tout were cross-calibrated.

The mean heat transfer coefficient a in such a com-
pound heat exchanger is defined as

a ¼
_Q

AwDTm;w

; ð1Þ

where _Q is the heat load, Aw the wetted surface of the
flow channel, and DTm,w the mean temperature differ-
m

Tin Tout

TbTw
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Fig. 3. Layout of the test section, showing the locations of
temperature measurement.
ence. DTm,w is given in single-phase flow by the logarith-
mic mean temperature difference

DTm;w ¼ T out � T in

ln Tw�T in

Tw�T out

� � ; ð2Þ

and in two-phase flow by

DTm;w ¼ T w � T fl. ð3Þ

Tin and Tout are the fluid bulk temperatures at the inlet
and at the outlet, T fl is the mean fluid temperature in the
heat exchanger, and T w is the mean temperature of the
wetted surface.3

As T w could not be measured directly, the copper
body temperature Tb was measured, and Eqs. (1)–(3)
were changed to

k ¼
_Q

AwDTm;b

; ð4Þ

with

DTm;b ¼
T out � T in

ln T b�T in

T b�T out

� � ð5Þ

in single-phase flow, and

DTm;b ¼ T b � T fl ð6Þ

in two-phase flow.
k is the mean overall heat transfer coefficient related

to the wetted surface Aw, obtained directly from the
measured data. The heat exchange between the fluid
and the area in the copper body, where the temperature
sensor Tb is located, can be modeled as a series connec-
tion of thermal resistances R. The measured overall heat
transfer coefficient k is then expressed in the form

k ¼ 1

Ra þ Reff

� �
Aw

. ð7Þ

Here, Reff is defined as the effective thermal resistance of
the compound heat exchanger, and includes both con-
ductivity and contact resistances of the various layers
between the wetted surface Aw and the location of the
temperature sensor Tb. If Reff is known, a can be calcu-
lated as

a ¼
�k

1� �kAwReff

. ð8Þ

In the experiments, Reff was measured by fitting a model
for single-phase turbulent heat transfer to a data set on
overall heat transfer coefficients �k. The data set was
3 Eqs. (2) and (3) are valid as the inner wall temperature was
almost constant along the heat exchanger axis z with
DTw(z) < 1.0 K, which was achieved by the high conductivity
and by the geometry of the heat exchanger�s copper body (see
[19]).
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Fig. 4. Characteristic dimensions in rough tubes.
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taken with sub-cooled liquid at varying mass flow, where
the heat transfer coefficient mainly depended on Re. The
thermal conditions, i.e. the heat load and the fluid
temperature level, were kept constant. From the fit one
could then extract the varying heat transfer coefficient
�a, and some static parameter that involved the difference
between �a and �k as an extrapolation to infinite Reynolds
numbers (Ra ! 0 at Re! 1).

The fit function for the experimental data was devel-
oped by writing Eq. (7) in the form

1
�k
¼ 1

�a
þ ReffAw; ð9Þ

and by substituting �a with

�a ¼ Nuk
d

; ð10Þ

and Nu with the Gnielinski equation [6] as heat transfer
model for the transition region of 2300 < Re < 104

Nu ¼ H0ðReH1 �H2ÞPr0.4 1þ d
L

� �2
3

" #
KT ð11Þ

(for gases: H0 = 0.0214, H1 = 0.8, H2 = 100, KT = 1;
for liquids: H0 = 0.012, H1 = 0.87, H2 = 280, KT = (g/
gw)

0.11). H0, H1 and H2 are the parameters of the heat
transfer model. The dimensionless numbers Re, Pr and
KT, as well as the fluid thermal conductivity k are the
variables determined from the actual mean fluid proper-
ties at each data point.

The suitability of this fit function is shown in Section
3.1 together with the experimental results. The measured
values of Reff were considered as a constant for each tube
in all single- and two-phase experiments. This assump-
tion is discussed in more detail in [19].

2.3. Characteristic dimensions

For the analysis of experimental data and their repre-
sentation in form of correlations it is essential to deter-
mine the characteristic dimensions of the tubes used in
the experiments. This is particularly important in the case
of microtubes, where the actual diameter may deviate
from the nominal diameter, and where the macroscopic
surface roughness can have a significant influence on
the heat transfer.

In tubes with large roughness, the cross-section Ac

and the wetted surface Aw have to be defined indepen-
dently. Fig. 4 compares a circular smooth tube of diam-
eter d = dc with a rough tube of the same cross-sectional
area. One characteristic dimension of such a rough tube
can be defined as

dc ¼
ffiffiffiffiffiffiffi
4Ac

p

r
; ð12Þ
which is the diameter of a perfectly smooth circular tube
of the same cross-sectional area. A second characteristic
dimension dw shall be defined as

dw ¼ P
p
. ð13Þ

P is the perimeter of the rough tube, and dw is the dia-
meter of a perfectly smooth circular tube with identical
wetted surface area. The wetted surface area of a heat
exchanger of length L is given as

Aw ¼ PL; ð14Þ

assuming that the axial roughness is small compared to
the radial roughness (which is usual for drawn tubes). Ac

and therefore dc determine the fluid velocity and the
mass flux, while dw is the characteristic dimension for
Re and Nu.

The literature review on surface roughness effects in
small tubes by Kandlikar et al. [23] shows that the
hydraulic diameter

dh ¼
4Ac

P
ð15Þ

is used almost exclusively as characteristic dimension.
However, from Fig. 4 it is evident that dh has no physical
relation to the wetted surface of tubes with large rough-
ness. This explains why experimental data of larger
tubes are usually in good agreement with theoretical pre-
dictions, whereas deviations increase toward small
dimensions, i.e. increasing relative roughness. It is also
important to note that the actual wetted surface area
Aw of tubes with large roughness can only be determined
by direct optical measurement, and not indirectly
through dh by means of e.g. pressure drop measurements
with laminar flow.

Fig. 5 shows examples of microscope images, from
which the two characteristic dimensions dc and dw of
the test tubes were determined. After finishing the
experiments, three cross-sectional samples were pre-
pared from each microtube, and images with reference
dimensions were taken under an electron microscope.
The images were converted into vector graphics, which
allowed to measure the actual cross-sectional area Ac

and the perimeter P. The results of the image analysis



Fig. 5. Example images of transversal cuts through the microtubes. (a) Tube 800 · 250 lm, magnification · 200; (b) tube 800 · 500 lm,
magnification · 100.
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are summarized in Table 1. The data presented are
mean values and their RMS deviation, determined from
the values measured for the three cross-sectional
images.

The relative roughness of these test tubes can be ex-
pressed with a new parameter rd defined as

rd ¼
dw

dc

. ð16Þ
Table 1
Characteristic dimensions of the microtubes used in the experiments

Microtube (OD · ID) 800 · 250 lm

Perimeter P (106.5 ± 8.1) ·
Cross-section Ac (63.0 ± 8.8) ·
Heat exchanger length L 3.0 · 10�2 m
Wetted surface Aw (31.9 ± 2.4) ·
Characteristic dimension dc 283 ± 20 lm
Characteristic dimension dw 339 ± 26 lm
This parameter has values of

rd ¼ 1.20� 0.12 ð250 lm tubeÞ;
rd ¼ 1.07� 0.02 ð500 lm tubeÞ;
rd ¼ 1.0 ðsmooth tubeÞ;

and represents a measure for changed surface to volume
ratios compared to smooth circular tubes. It is not iden-
tical with the commonly used relative roughness �, which
800 · 500 lm

10�5 m (184.6 ± 2.5) · 10�5 m
10�9 m2 (238.4 ± 4.8) · 10�9 m2

3.0 · 10�2 m
10�6 m2 (55.4 ± 0.8) · 10�6 m2

551 ± 6 lm
588 ± 8 lm
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is defined as � = Ra/d. Here, Ra is the arithmetic mean of
the absolute values of vertical deviation from the mean
line through the rough profile, and d is the mean line
diameter.

The usefulness of rd will be demonstrated in the mod-
eling of experimental data in Section 3.1.

2.4. Experimental program and data analysis

The scope of the experiments was to study typical
cooling conditions of cryogenic tracking detectors. Argon
of 99.9995% purity was used as working fluid at a system
pressure of ps � 15 bar, corresponding to Ts � 124 K.

In single-phase heat transfer, the experimental pro-
gram was focused on the measurement of the effective
thermal resistance Reff, and on supporting the modeling
of flow-boiling heat transfer. The studies were limited to
the following:

• Turbulent liquid flow: Experiments were performed at
constant heat load and variable flow rate with liquid
of about 30–15 K sub-cooling. For each tube, the
parameters of the heat transfer correlation and Reff

were obtained from fitting the same set of data.
• Turbulent vapor flow: Experiments and system design
were not focused on vapor-phase measurements.
However, data were taken to support the modeling
of convective boiling heat transfer. The data mea-
sured at 5–25 K super-heating were less accurate than
the liquid-phase measurements.

• Laminar liquid flow: Experiments were conducted at
constant heat load and variable flow rate with liquid
of about 35–10 K sub-cooling. Mean heat transfer
coefficients were measured in hydrodynamically
developed flow and at constant wall temperature.

• Laminar vapor flow: The system was not designed for
this flow regime.

Turbulent liquid data were analyzed first to obtain
both the fitted turbulent liquid flow heat transfer corre-
lation, and the effective thermal resistance Reff. The tur-
bulent vapor flow and the laminar liquid flow data, as
well as the two-phase data were analyzed afterwards
with Reff as a fixed parameter.

Experiments on flow-boiling heat transfer were fo-
cused on nucleate boiling, which is the dominant regime
in high heat flux electronics cooling. However, a few
data were taken under pure convective boiling condi-
tions to support the modeling of experimental results.
The experiments included:

• Convective boiling: Experiments were performed with
a heat flux lower than required for the onset of nucle-
ate boiling ( _q < _qonb). Data series were taken at con-
stant mass flow, constant heat load (constant Dx) and
variable inlet quality xin.
• Flow-boiling: Experiments were conducted in the
nucleate boiling dominated regime at a heat flux
_q > _qonb. Data series were taken at constant mass
flow rates. Mean heat transfer coefficients along the
tube length L were measured, i.e. for a quality range
between xin � 0 and xout. The heat load _Q was
ramped up until the outlet quality reached xout � 1,
or until critical boiling conditions occurred.

Generally, local heat transfer coefficients cannot be
measured directly in two-phase flow, as the heat load
implies a quality change Dx. The concept was therefore
to measure mean heat transfer coefficients �a between
xin � 0 and xout, and to fit the experimental data with
a heat exchanger model that numerically integrated cor-
related local heat transfer coefficients. The modeling of
the local flow-boiling heat transfer was based on the
VDI Wärmeatlas correlation edited by Steiner [24].
The C++ fitting algorithms for both the single-phase
and the two-phase data are explained in [19].
3. Results

Detailed values for each data point presented in
this Section, including error margins, are published in
[19].

3.1. Single-phase turbulent liquid flow

The experimental results for single-phase turbulent li-
quid flow are shown in Fig. 6. The quality of the fits
proves that both the turbulent heat transfer model and
the concept of measuring the effective thermal resistance
Reff are appropriate.

The results of the fits are summarized in Table 2. The
coefficients H0 and H2 were fixed to the values given by
Eq. (11). H1 was chosen as a free parameter in a first fit,
and then fixed to the fitted value in a second fit to obtain
the error of Reff.

The effective thermal resistance was mainly deter-
mined by the conductivity resistances of the stainless
steel tubes and the solder tin layers, as well as by the
contact resistances. Reff was therefore larger for the
800 · 250 lm tube. The influence of Reff on �k in Eq.
(7) increased with the heat transfer coefficient �a, and ran-
ged for all measured data from Reff=Ra ¼ 0.01 in single-
phase laminar flow to Reff=Ra ¼ 0.94 during nucleate
boiling at the highest heat flux.

The heat transfer coefficients are plotted together
with the conventional correlation of Eq. (11) in Fig. 7.
The results are similar to the data published by Adams
et al. [3]. With respect to the conventional correlation,
the heat transfer is obviously enhanced with decreasing
diameter, which is also seen at the fitted Re-exponents
H1 in Table 2.
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However, the experimental results for both tubes can
be modeled with one equation, if the relative roughness
parameter rd defined in Eq. (16) is implemented in the
Re-exponent H1 in the form of
Table 2
Fitted parameters in single-phase turbulent liquid flow

800 · 250 lm tube

Fit function 1
�k
¼

H0ðReH1 �H2

H0 (fixed)
H1 0.904
H2 (fixed)
H3 (Reff) 0.809 ± 0.030 K/W
H1 ¼ H1smooth � rnd. ð17Þ

The fit of the coefficient n with the data from both
tubes then yields
800 · 500 lm tube

dw

ÞPr0.4 1þ ðdwL Þ
2
3

h i
ð g
gw
Þ0.11k

þH3Aw

0.012
0.885

280
0.229 ± 0.042 K/W
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Nuturb;l ¼ 0.012½Reð0.87�r0.22d
Þ � 280�

� Pr0.4 1þ dw

L

� �2
3

" #
� g

gw

� �0.11
. ð18Þ

The maximum error between the measured data and Eq.
(18) is 1.4% and 2.6%, respectively. One can therefore
conclude that the enhancement of heat transfer is only
due to the relative roughness rd, and not due to a dia-
meter dependence specific to microtube dimensions.
Eq. (17) is fully consistent with the turbulent heat trans-
fer correlation of Eq. (11) for smooth circular tubes.

3.2. Single-phase turbulent vapor flow

The measured turbulent heat transfer coefficients in
the vapor phase are shown in Fig. 8. The trend in Fig.
8b shows similar behavior as the liquid phase data.
The results for the 250 lm tube, however, do not follow
the trend of the correlation at high Re, which is due to
systematic errors (large pressure drops) in the experi-
mental set-up at these conditions.

As there is no fundamental difference between liquid
and vapor phase heat transfer, only the experimental
data of the 500 lm tube were fitted with the type of
Eq. (18), yielding

Nuturb;v ¼ 0.0214½Reð0.8�r0.55d
Þ � 100�

� Pr0.4 1þ dw

L

� �2
3

" #
. ð19Þ

Eq. (19) matches the low-Re data in Fig. 8a, where the
pressure drop was less significant. The correlation is
consistent with the conventional correlation Eq. (11)
for turbulent vapor heat transfer in smooth circular
tubes. However, more statistics of dedicated vapor phase
experiments is required to generally validate Eq. (19).

3.3. Single-phase laminar liquid flow

The experimental results for laminar liquid flow are
shown in Fig. 9. At low Re, the data fit well with
Nu1 = 3.656 for fully developed flow. In the entry re-
gion, however, the heat transfer is superior to the con-
ventional correlation. This is explained with the
breakage of the boundary layers at the surface asperities.

The results of the fits are summarized in Table 3. Un-
like in turbulent flow, the data cannot yet be modeled
with one correlation.

Measured and modeled mean heat transfer coeffi-
cients �a are shown in Fig. 10 as a function of Re. The
trend of a good agreement between data and conven-
tional correlation at low Re, and increasing positive
deviations with increasing Re, is similar to the data pub-
lished by Rahman [2].
The flow transition to turbulent flow can be clearly
identified in Fig. 10a, with Recrit = 1575 � 2300. Unfor-
tunately, the flow transition could not be measured in
the 500 lm tube, as the experimental set-up could not
be operated with higher flow rates under these
conditions.

3.4. Flow-boiling/convective boiling

In the VDI Wärmeatlas correlation [24], the local
flow-boiling heat transfer coefficient a is defined as a
function of the convective boiling heat transfer coeffi-
cient ac and the nucleate boiling heat transfer coefficient
anb:

a ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
a3c þ a3nb

3

q
. ð20Þ
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If nucleate boiling occurs, it usually dominates the
flow-boiling heat transfer.
Table 3
Fitted parameters in single-phase laminar liquid flow

800 · 250 lm tube

Fit function Nulam;l ¼
a

1� n

��"

a 0.391
n 0.538
Nu1 (fixed)

Conventional correlation: a = 0.89, n = 0.35, m1 = 3.656.
Convective boiling conditions appear at low heat
flux, where the wall superheat is too small for the activa-
tion of nucleation centers, and where the evaporation
takes place at the liquid/vapor phase boundary. Convec-
800 · 500 lm tube

RePrdw
L

�n�3

þ Nu31

#1
3

g
gw

� �0.14

0.421
0.515

3.656
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tive boiling heat transfer depends mainly on the mass
flux _M , the quality x, and the density ratio ql/qv. The
VDI Wärmeatlas correlation [24] for convective boiling
in vertical tubes is given by Eq. (21), where al,0 and
av,0 are the local single-phase heat transfer coefficients
for the condition that the fluid was flowing at the same
mass flux in form of saturated liquid and saturated
vapor, respectively.

Although convective boiling plays a minor role in
most flow-boiling heat transfer conditions under high
heat flux, the experimental data summarized in Fig. 11
were taken to verify Eq. (21). The results for the
500 lm tube in Fig. 11b were in very good agreement,
using Eqs. (18) and (19) to determine the single-phase
heat transfer coefficients al,0 and av,0. In the 250 lm
tube, the agreement between experiment and correlation
was within 10% for the data series of _M ¼ 530 kg/m2 s.
At higher mass flux, however, the correlation over-pre-
dicted the experimental data by up to 60%. Nevertheless,
Eq. (21) was used unchanged in Eq. (20) to model the
flow-boiling heat transfer data presented hereafter.

ac
al;0

¼ ð1� xÞ0.01 ð1� xÞ1.5 þ 1.9x0.6
ql

qv

� �0.35
" #�2.2

8<
:
þ x0.01

av;0
al;0

1þ 8ð1� xÞ0.7 ql

qv

� �0.67
 !" #�2

9=
;

�0.5

ð21Þ
3.5. Nucleate boiling

In the nucleate boiling experiments, the fluid was
always entering the test section slightly sub-cooled with
xin � �0.05.4 A heat flux _q P _qonb was then needed to
generate two-phase flow. At the lower limit of _q, experi-
ments were conducted with a heat flux just high enough
for stable two-phase operation. This was usually ob-
tained at outlet qualities of xout = 0.10–0.20. The start
of dryout was seen in the data series of mean heat trans-
fer coefficients, when data points of higher heat flux fell
below the trend of lower heat flux data.

The measured temperature differences as a function
of the heat load are plotted in Fig. 12 for all experiments
carried out in the nucleate boiling dominated regime.
The data were correlated with the nucleate boiling heat
transfer model for vertical tubes in [24], which has the
general form of

anb
a0

¼ CF

_q
_q0

� �n

F ðpHÞF ðdÞF ðW ÞF ð _M ; xÞ. ð22Þ

a0 is the reference heat transfer coefficient in pool boiling
at the heat flux _q0. For argon these values are

a0 ¼ 3870 W=m2 K ; at

_q0 ¼ 10000 W=m2.

The fluid properties are considered by the factor CF,
wall properties by a factor F(W), tube dimensions by a
factor F(d) and flow conditions by a factor F ð _M ; xÞ.
The influence of the saturation pressure is included in
F(p%), and the heat flux dependence is described by
the power function ð _q= _q0Þ

n.

3.5.1. Flow- and heat transfer regimes

A systematic influence of flow regimes on flow-boiling
heat transfer is only confirmed for horizontal tubes, and
operating conditions with significant phase separation
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and partial surface dryout. Such conditions are unlikely
to occur in microtubes, and flow patterns were therefore
not studied in detail.

However, the flow regime can still have a significant
influence on the heat transfer, which is shown in Fig.
13. The data points represent mean heat transfer coeffi-
cients �a between xin = �0.05 and xout, taken at a con-
stant mass flow and with a step-wise increase of the
heat load. At xout = 0.44, the mean heat transfer coeffi-
cient increased by 70% at just a slight increase of the
heat flux (D _q ¼ 8%) and the outlet quality (Dxout = 5%).
Such a step in the mean heat transfer coefficient can only
be explained, if the entire flow and heat transfer regime
in the heat exchanger changed. This strong change can
neither be explained by the heat flux dependence
�a ¼ f ð _qÞ (which is already given by the slope of the
data), nor by the local quality dependence az = f(xz),
which would only influence a small fraction at the outlet.
A consequence is then that two-phase flow regimes can
be meta-stable. They do not only depend on local condi-
tions (which in Fig. 13 have hardly changed in large
parts of the heat exchanger between the data points of
xout = 0.44 and 0.49), but can be influenced by retroac-
tive effects and by the history of the flow.

Although not proven optically in the experiments,
one can imagine that such meta-stable flow regimes are
associated with the number of active nucleation centers,
which is not necessarily always the same under repro-
duced operating conditions. Flow-boiling heat transfer
correlations therefore have rather large uncertainties.
The standard deviation between the correlation and data
from an experimental database is given in [24] for a
number of fluids, ranging from ±4% to ±96%. High sta-
tistics is consequently required to understand the differ-
ence between intrinsic heat transfer variations, and
systematic effects that can be modeled.

3.5.2. Heat flux and mass flux dependence

Although the test tubes were installed in horizontal
orientation, the fit of the experimental data in Fig. 14
shows that there was no mass flux and quality depen-
dence in these microtubes.5 This is explained by a stron-
ger influence of the surface tension in microtubes, which
makes phase separation phenomena less likely to occur.
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As the tube orientation obviously had no significant
influence on the nucleate boiling heat transfer, the mod-
eling of anb was based on the VDI Wärmeatlas correla-
tion for vertical tubes (Eq. (22)). Here, the heat flux
exponent n is a function of the reduced pressure, and
yields for cryogenic fluids:

n ¼ 0.7–0.13� 100.48p
H

. ð23Þ

The factor F ð _M ; xÞ is

F ð _M ; xÞ ¼ 1. ð24Þ

All the experimental data presented in this Section
were fitted with these n and F ð _M ; xÞ as constants. The
excellent agreement between the data points and the fit
in Fig. 14 proves that the heat flux dependence is well
described with Eq. (23).

3.5.3. Saturation pressure dependence

The influence of the saturation pressure in Eq. (22) is
described in [24] by the function

F ðpHÞ ¼ 2.816pH0.45 þ 3.4þ 1.7

1� pH7

� �
pH 3.7; ð25Þ

where p% = ps/pc is the reduced pressure. As fluid prop-
erties are independent of scaling, the function was used
without modification.

3.5.4. Influence of wall properties

Although the effect of surface properties is not
known in detail, the influence of roughness in Eq. (22)
is taken into account in [24] by the function

F ðW Þ ¼ Ra

Ra;0

� �0.133
; ð26Þ
with Ra,0 = 1 lm. From the microscope images, the
arithmetic mean roughness Ra of the microtubes was
estimated as

Ra ¼ 9 lm ð800� 250 lm tubeÞ;
Ra ¼ 7 lm ð800� 500 lm tubeÞ;

yielding factors of F(W) = 1.34 and F(W) = 1.30,
respectively.

3.5.5. Diameter dependence

The factor F(d) in Eq. (22), [24] describes the increase
of heat transfer at decreasing diameter:

F ðdÞ ¼ d0

d

� �0.4
; ð27Þ

with d0 = 0.01 m. This effect can be explained by the
increasing surface to volume ratio in small tubes. The
application of the characteristic dimensions of rough

tubes then yields

F ðdÞ ¼ d0rd
dc

� �0.4
. ð28Þ

Fitting all experimental data of Fig. 12 with Eqs.
(22)–(26) and (28), while keeping only C�

F a free para-
meter yields values of C�

F ¼ 0.16� 0.03 for the 250 lm
tube, and C�

F ¼ 0.33� 0.05 for the 500 lm tube. These
results, however, contradict the trend of F(d), and fall
below the fluid-specific constant for argon given in [24]
as C�

F ¼ 0.93� 0.34.
In [19] it was shown that there is no physical (space)

limit for nucleate boiling in microtubes, which is coher-
ent with the observations made by Zhang [13]. One may
therefore conclude that the confinement of bubble

growth is a limiting factor for the heat transfer during
nucleate boiling, rather than the amount of superheating
or the bubble formation itself.

To model this effect, an extension of F(d) with a so-
called saturation function of the form

F b ¼ 1� e�cdcL ð29Þ

is proposed, where L is the Laplace constant

L ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

r
gðql � qvÞ

r
. ð30Þ

The exponential function Fb with the ratio dc=L re-
lated to the tube and the bubble volume can take values
between 0 and 1, if the coefficient c is positive. Fitting all
experimental data with this expression while fixing CF to
0.93 (for argon) yields a diameter dependence of

F ðdÞ ¼ d0rd
dc

� �0.4
� 1� e�0.45dcL
� �

. ð31Þ

The individual terms of Eq. (31) are shown graphically
in Fig. 15. It is evident that the classical definition of the
diameter dependence with Eq. (27) is inappropriate, as
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(d0/d)
0.4 becomes infinite in very small tubes. On the other

hand, the new factor Fb only becomes effective at tube
diameters of d < 3 mm, which is consistent with the scope
of the conventional correlation in [24].

Fitting all 112 data points of Fig. 12 with Eqs. (22)–
(26) and (31), and with the free fluid-specific parameter
CF yields

CF ¼ 0.91� 0.01. ð32Þ

The result indicates that 68% of the data fall within
the error margin of CF = 0.91 ± 0.01. This precision,
however, can not obscure the fact that the overall accu-
racy of flow-boiling heat transfer correlations is no
better than ±30% to ±40%. This is a consequence of
meta-stable flow regimes and unpredictable numbers of
active nucleation centers.

3.6. Critical boiling conditions

Film boiling is usually understood as a critical boiling
condition that occurs at low quality and high heat flux.
However, film boiling can also set in as a result of local
dryout. This is shown in Fig. 16 for dry evaporation
(xout � 1) and partial evaporation (xout < 1).

In both cases, a slight increase of the heat load _Q led
to thermal runaway of the block temperature Tb. How-
ever, the fluid was still entering the heat exchanger
slightly sub-cooled at xin � �0.05. Under normal condi-
tions, the mean heat transfer coefficient could not
change so dramatically at just a small increase of the
outlet quality. Consequently, the local increase of the
wall temperature at the outlet must have been responsi-
ble for the onset of film boiling. This condition requires
a heat source with no temperature limit, and a high
conductivity material to propagate the high wall temper-
ature upstream from the outlet (the location of dryout)
to the inlet of the heat exchanger. The increased wall
temperature signifies a local heat flux _q� > _qcrit, and
causes the liquid film to peel off the wall despite the
fact that the nominal heat flux _q ¼ _Q=Aw is smaller than
_qcrit.

Similar results as shown in Fig. 16 were reported by
Jiang et al. [17], who defined the critical heat flux
(CHF) as the heat flux observed at xout = 1.0, where
thermal runaway occurred. This CHF, however, is cer-
tainly not identical to the critical heat flux _qcrit for film
boiling. In our experiments, thermal runaway was ob-
served at the end of all data series, at all different mass
and heat fluxes. The effect is therefore clearly related
to dryout.
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Both constructional prerequisites for high-quality
film boiling, i.e. an electrical heat source and a high wall
conductivity, are present in electronic devices made of
silicon. It is therefore essential to avoid any form of dry-
out. This can be assured by a sufficient circulation rate
of the coolant with e.g. xout 6 0.5, and by a reasonable
heat flux.

3.7. Stability of flow-boiling

Stability tests of two-phase cooling were carried out
with a detector module similar to the module shown in
Fig. 1, considering that several authors have observed
unsteady flow in parallel microchannels [7,15]. The
instabilities were reported to originate from the clogging
of individual flow channels with growing vapor bubbles,
and the resulting pressure waves then led to flow reversal
through a low-impedance by-pass (a parallel channel).
Such instabilities, however, will not appear in microtube
heat exchangers with a single flow path.

Nevertheless, certain operating conditions close to
the boiling line are prone to instabilities. This is demon-
strated in Fig. 17a, where the fluid was entering the
module slightly sub-cooled (xin = �0.04) with a mass
flux of _M ¼ 140 kg=m2 s. The heat load of _Q ¼ 1.5 W
was too small to ensure stable nucleation, and the
system was therefore permanently oscillating between
sub-cooled liquid cooling, liquid superheating, and
evaporation.

With an appropriate design, however, microtube
cooling systems can be operated in the nucleate boiling
regime with a very high stability. Fig. 17b shows the
thermal response of the cold detector module, where
the nominal heat load for 6 APV25 (1.78 W) was
switched on after 6 min. The fluid was entering the
module with a quality of xin = 0.39 and a mass flux of
_M ¼ 240 kg=m2 s. The temperature stability over a pe-
riod of 1 h was better than 20 mK, and the stability of
the flow was better than the noise of the flowmeter.
stable two-phase cooling.
4. Design of miniature evaporator heat exchangers

The following design rules for miniature evaporator
heat exchangers can be deduced from the experimental
results:

• The most important design criterion is the heat flux.
Too low heat fluxes can cause instabilities in the tran-
sition from single- to two-phase flow. Too high heat
fluxes can cause critical boiling conditions. The heat
flux is the most influential parameter on the heat
transfer coefficient.

• The heat flux to provoke nucleate boiling in (nearly
saturated) single-phase flow can be considerably
higher than the heat flux _qonb to cause and maintain
nucleate boiling in the presence of the two phases.
A possibility to achieve stable operation at low qual-
ity and low heat flux is J–T expansion into the two-
phase area at the heat exchanger inlet.

• Dryout conditions in evaporator heat exchangers
must be avoided, choosing a sufficient fluid circula-
tion rate and a reasonable heat flux. Electrical heat
sources should always be thermally interlocked to
prevent critical boiling conditions and thermal
runaway.

• The mass flux and the quality have little or no influ-
ence on nucleate boiling heat transfer. High fluid
velocities do not improve the heat exchange, which
is in contrast to single-phase flow. However, the
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stability of systems is usually improved with the
(increasing) pressure drop.

• From the last point it follows, with respect to the heat
transfer, that short evaporators with a larger diame-
ter are better than long evaporators with a smaller
diameter at the same heat exchanger surface. More-
over, circular tubes should be used during nucleate
boiling, yielding the lowest pressure drop for a given
heat exchanger surface.6,7

• Heat exchangers with parallel microchannels should
be avoided in nucleate boiling heat transfer, unless
instabilities caused by the bubble growth and subse-
quent flow reversal through a low-impedance bypass
are prevented by appropriated means. In addition,
the maldistribution of liquid in parallel channels
increases the risk of local dryout, which can cause
film boiling.

A possible solution to prevent flow instabilities dur-
ing nucleate boiling in heat exchangers with parallel
microchannels is shown in Fig. 18. The heat exchanger
is designed in such a way that the flow impedance at
the inlet of each microchannel is much larger than at
the outlet. This can be achieved by a flow restriction be-
tween the inlet manifold and each microchannel, which
at the same time can serve as a J–T expansion device.
Alternatively, the flow restriction could be designed as
a wick, using capillary forces to equally distribute the
liquid over the microchannels.
6 This is in contrast to convective heat transfer (single- or
two-phase), where flat channels improve the heat transfer due
to the larger surface-to-volume ratio.
7 The pressure drop in the heat exchanger, however, should be

sufficient with regard to stability. The design depends on the
overall system layout.
5. Conclusions

Experiments on single-phase and flow-boiling heat
transfer in horizontal microtubes of 250 and 500 lm
nominal inner diameter were carried out with argon at
around 120 K. An experimental technique for heat
transfer measurements in microtubes was presented,
where the external surface temperature of a compound
heat exchanger was measured instead of the temperature
of the wetted surface, and where the effective thermal
resistance between the wetted and the external surface
was determined.

The results on single-phase heat transfer revealed
that there is no physical difference in heat transfer
mechanisms between macrotubes and microtubes. The
enhancement of heat transfer coefficients in small tubes
compared to conventional correlations was explained
with the increased influence of surface roughness. The
effect was modeled with the newly defined relative
roughness parameter, yielding Eq. (18) in turbulent
liquid flow, and Eq. (19) in turbulent vapor flow.

Flow-boiling experiments focused on the nucleate
boiling regime. The results showed no significant influ-
ence of the mass flux and the quality. The VDI Wärme-

atlas correlation for vertical tubes (Eq. (22)) was in good
agreement with the data, except for the diameter depen-
dence. An extension of the diameter function was there-
fore proposed in Eq. (31). The measured heat transfer
coefficients in the 250 and the 500 lm tube fell below
the values in larger tubes under comparable operating
conditions.

The phenomenon of high-quality film boiling was de-
scribed, where the liquid film peeled off the wall starting
from the location of dryout. This critical boiling condi-
tion requires an electrical heat source, and a high
conductivity wall to propagate an increased wall temper-
ature (that signifies an actual heat flux beyond the
critical heat flux) from the location of dryout upstream
through the heat exchanger.

Nucleate boiling flow regimes were found to be meta-
stable. The effect was explained with the number of ac-
tive nucleation centers, which is influenced by the history
of the flow. The prediction of nucleate boiling heat
transfer coefficients can therefore be no better than
about ±30% to ±40%.

It was shown that evaporative microtube cooling sys-
tems can be operated with a very high stability. General
design rules for microtube evaporator heat exchangers
were presented.
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